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Abstract 
Calcium looping (CaL) systems have been proposed as a lower-cost method of CO2 capture for power plants. This paper presents 
the results of a techno-economic assessment of a CaL system for post-combustion CO2 capture at a pulverized coal (PC) power 
plant. Comparisons are made with a conventional MEA-based CO2 capture process in terms of performance and cost. 
Considering the significant quantities of solid flows required for a CaL process, the applicability and operational feasibility of a 
CaL system for new or existing PC power plants also is studied. It was found that though the CaL system has better performance 
than the MEA-based CO2 capture process, the capital cost of the power plant and the cost of electricity is much higher than when 
the MEA-based system is used. 
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Selection and peer-review under responsibility of GHGT. 
Keywords: CO2 capture; calcium looping; post -combustion; techno-economic analysis 
1. Introduction 
The calcium looping (CaL) process utilizes the reversible chemical reaction between lime (CaO) and CO2 in 
order to capture CO2 from gaseous streams [1]. CO2 in a gas stream reacts with CaO in an exothermic carbonation 
reaction to form CaCO3 at temperatures in the range of 600-700o C. The product CaCO3 from the carbonator is then 
sent to a separate vessel called a calciner where the calcinat ion reaction takes place at a  high temperature (around 
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900oC). Th is releases high-purity CO2 suitable for transport to a sequestration site. The CaO produced is then sent 
back to the carbonator to complete the loop. The schemat ic of the process is shown in Fig 1. Oxy-combustion of 
coal within the calciner is proposed in many studies as a source of heat for the calcination reaction  [1, 2]. High 
quality heat can be recovered from the exothermic carbonation reaction, and from the ga s and solid streams at high 
temperatures, to generate additional electricity from the power p lant. Thus, the CaL technology for CO2  capture has 
the potential to be less energy intensive and more economical than a conventional post -combustion CO2 capture 
process using amines. 
 
Nomenclature  
fcalc Degree of calcination  
fcarb  Degree of carbonation 
fm Ratio of make-up sorbent to recirculating sorbent (mol/mol)  
Mi Molar flow rate of component ‘i’  
Xave Average activity of sorbent 
Xcalc Fractional conversion of CaCO3 to CaO in the calciner 
Xcarb Fractional conversion of CaO to CaCO3 in the carbonator 
ηCO2 CO2 capture efficiency 
 
 
Figure 1. Schematic of the calcium looping (CaL) process for post -combustion CO2 capture 
The conceptual CaL process was orig inally proposed by Shimizu  et al [3] and has received considerable attention 
of late, with many theoretical and experimental studies taking place [2]. Experimental studies were conducted at both 
bench and pilot scales, in  order to understand the reaction, sorbent behavior as well as the process [4, 5]. Several 
studies estimated the performance of CaL-based CO2 capture process either for a power plant using a circulating 
flu idized boiler or as a retrofit to an existing pulverized coal boiler [6, 7]. Rodriguez (2011) described an analytical 
method of quantify ing the heat required for calcination [8]. Though there are conceptual ways of utilizing heat 
integration as a means to reducing the energy penalty from the CaL process [9], they are yet t o be proven at pilot or 
bigger scales. Marano (2012) developed a detailed  performance model for a carbonator, incorporating both chemical 
kinetics and hydrodynamic factors. Martinez (2013) developed a similar model for calciner design. A few studies 
also developed preliminary cost models for a CaL system [10, 11]. There seems to be a general agreement that the 
CaL process is a feasib le alternative to  the conventional MEA-based post-combustion CO2 capture technology, both 
in terms of performance and cost. However, there is a need for a systematic analysis which combines a detailed 
techno-economic evaluation of the CaL process and the impact of key process and cost parameters on the 
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performance, cost and feasibility of the CaL process  for large-scale CO2 capture from power plants.   
2. Objectives of the paper  
This paper presents the results of a techno-economic assessment of the CaL system for post-combustion CO2 
capture at a pulverized coal (PC) power plant. Comparisons are made with a conventional MEA -based CO2 capture 
process in terms of performance and cost. The applicability and operational feasibility of a CaL system for new or 
existing PC power plants also is studied.  
A performance model is first developed to conduct a detailed thermodynamic analysis of a PC power plant with a 
CaL CO2-capture process. The model takes into account the degradation of sorbent particles by repeated cycling. 
Mass and energy flows are calculated as a function of CO2 capture efficiency, the carbonation and calcination 
conversion, amounts of sulfur in the flue gas from the base plant and from coal used for oxy -combustion, and other 
operational parameters. For a specified CO2 capture efficiency, gross power plant size and given operating 
conditions, the model calculates the sorbent circulation rate, make-up and purge flows, amount of coal required for 
combustion in the calciner, amount of CO2 sent to compression and storage, net power p lant output and net plant 
efficiency. Results from the performance models are used to calculate the capital cost, operating costs and levelized 
cost of electricity (LCOE) of the power plant. The results of this techno-economic analysis  also are compared to 
results for a similar power p lant with amine-based CO2-capture technology using the Integrated Environmental 
Control Model (IECM) developed at Carnegie Mellon University  [12]. 
3. Performance Model  
The primary goals of the performance model are to calculate the amount of sorbent needed to achieve a desired 
CO2 capture efficiency under specified operating conditions , and the resulting impacts on power plant efficiency, 
emissions and resource requirements . Mass flows of solids and gases across all components and the entire CO2 
capture system are also calculated using the performance model, as are the energy requirements of reactors and other 
equipment, heat recovery and net power generated. In this study, a dual circu lating fluid ized bed reactor system is 
used for the CaL cycle. 
3.1. Activity of sorbent 
One of the most important parameters of CaL processes is the behavior of limestone sorbent under repeated 
cycling. It is known that the activ ity of a limestone sorbent particle decreases with increasing number of cycles [13]. 
The average sorbent activity can be maintained by replacing some of the recirculat ing sorbent with fresh sorbent. 
The average activity also depends on the degree of carbonation and calcination of the sorbent. For a given ratio of 
make-up sorbent to recirculat ing flow rate, degrees of carbonation and calcination, the average activity of the sorbent 
can be expressed analytically as shown in Eqn 1 (adapted from [13]).  
 
௔ܺ௩௘ ൌ ௖݂௔௟௖ ቀ ௙೘ାଵ௙೘ା௙೎ೌ೗೎ ቁ ቂ
଴Ǥଵ଴଴଼ଵଷ௙೘
௙೘ା଴Ǥ଴ଵ଻଼ ௙೎ೌೝ್௙೎ೌ೗೎
൅ ଴Ǥସ଼଺ହସ௙೘௙೘ା଴Ǥଶ଴ଽହ௙೎ೌೝ್௙೎ೌ೗೎ ൅ ͲǤͲ͹͹Ͳͻቃ      (1) 
 
    In the equation above, Xave represents the maximum amount of conversion of CaO to CaCO3 that is possible in the 
carbonator. The actual conversion depends on the degree of carbonation and calcination. The actual conversions in 
carbonator (Xcarb) and calciner (Xcalc) can be calcu lated using Eqns 2 and 3, respectively. Note that Xcarb and Xcalc are 
equivalent to rich-lad ing and lean-loading of the sorbent.  
 
ୡୟ୰ୠ ൌ ୤ౙ౗౨ౘଵିሺଵି୤ౙ౗౨ౘ ሻሺଵି୤ౙ౗ౢౙሻ ୟ୴ୣ           (2) 
 
௖ܺ௔௟௖ ൌ ሺͳ െ ௖݂௔௟௖ ሻ ௖ܺ௔௥௕            (3) 
 
    In this performance model, fm, fcarb and fcalc are treated as user inputs. For specified values of these parameters, 
2202   Hari C. Mantripragada and Edward S. Rubin /  Energy Procedia  63 ( 2014 )  2199 – 2206 
values of Xave, Xcarb and Xcalc can be calculated. 
3.2. Solids mass balance 
Because CaO reacts not only with CO2 but also with any residual SO2 not captured in  the FGD system (reactions 
R1 and R2), unreacted CaO, as well as CaCO3 and CaSO4 exist in the recirculat ing solids stream. The other solid 
species present in the recircu lating sorbent is ash from oxy-combustion of coal in the calciner. 
 
CaO + CO2 Ù CaCO3           (R1) 
CaO + SO2 +1/2 O2 Ù CaSO4          (R2) 
 
     Since CaSO4 does not dissociate into CaO and SO2 under the calciner operating conditions, it is treated as inert, 
along with ash. Since SO2 reacts with CaO more readily than CO2, a fraction of sorbent, an amount equivalent to the 
amount of residual SO2 in flue gas and sulfur in the calciner coal, is assumed to be unavailable for CO2 capture. 
  
The basic mass balance equation for the carbonator is given in Eqn. 5.  
 
MCaCO3,formed,carbonator = ηCO2MCO2,fluegas = Xcarb(MCaO,inlet,carbonator – MSO2,fluegas)     (5) 
 
     Based on these reactions and operating conditions, mass balance equations for other solids species are also 
calculated. Mass flow rates of CaSO4 and ash depend also on the amount of coal combusted in the calciner, which 
has to be obtained from heat ba lance calcu lations. A fraction of the recirculating solids stream is purged and treated 
as solid waste. Solids inventories in the carbonator and calciner are calculated by estimating the residence times of 
solids using published experimental data [14, 15].  
3.3. Gases mass balance 
The flue gas stream at the outlet of carbonator is depleted in CO2 and SO2. Except O2, all other gases are 
considered to be inert. The gas stream at the calciner outlet consists of the following: CO2 from calcination of 
CaCO3 (reverse reaction R1), p lus CO2, H2O, N2 and O2 from oxy-combustion of coal and the recycle gas stream. A 
fraction of the calciner outlet gas stream is recycled to  the calciner for temperature control. Water vapor is 
condensed from the remaining stream and the CO2-rich stream is sent to compression and storage.  
3.4. Energy balance 
Heat required for the calcination reaction and sensible heat required for heating the recirculat ing solids from the 
carbonator temperature to calciner temperature and to heat the recycled gas s tream is provided by oxy-combustion 
of coal in  the calciner. Calciner heat depends on the flow rates of recirculat ing solids and recycled gases. Mass flow 
rates are in turn dependent on the amount of coal combusted. Therefore, both mass and heat balance re actions are 
solved simultaneously. 
A significant quantity of heat is generated in the carbonator because of the carbonation reaction, and can be 
recovered for steam generation. Heat can also be recovered from the hot gaseous streams at the outlets of both 
carbonator and calciner. Steam generated from these heat sources is used to generate additional power from the 
power plant. Th is power is added to the gross power output of the base plant to get the total gross power output. 
Auxiliary loads of the CO2 capture system consist of the energy required for operating the air separation unit 
(ASU), flue gas blowers, solids handling equipment and CO2 compressors. Net power output is calculated by 
subtracting auxiliary power requirements for the CO2 capture process and other components of the power plant. 
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4. Cost model  
Results from the performance model are used in a preliminary cost model to calculate the cap ital and O&M costs 
of the CO2 capture process. For the rest of the plant, cost models in  the current version of IECM are used. Based on 
the capital and O&M costs of the entire power plant, LCOE is calculated.  
Table 1. Case- study assumptions 
Parameter Value 
Base plant  
Gross power output (MW) 650 
Capacity factor (%) 75 
HHV of coal (MJ/kg) 30.5 
Coal cost ($/tonne) 49.87 
Flue gas flow rate into carbonator (kmol/hr) 94,980 
CO2 content of flue gas at carbonator inlet (% vol) 11.91 
SO2 content of flue gas at carbonator inlet (% vol) 0.024 
CaL-based CO2 capture process  
CO2 removal efficiency (%) 90 
Limestone purity (%) 92.4 
Carbonation conversion 0.8 
Calciner conversion 0.95 
Make-up sorbent to recirculating sorbent ratio 
(mol/mol) 
0.025 
Sorbent cost ($/tonne) 25.76 
Solid waste disposal cost ($/tonne) 14.7 
CO2 transport and storage cost ($/tonne) 3.15 
4.1. Direct capital costs 
Direct capital costs are estimated for the carbonator, calciner, blowers, ASU, coal and solids handling equipment 
and CO2 compressors. Cap ital cost of carbonator is estimated based on the cost of a CFB boiler, using volume flow 
rate of flue gas as the scaling variable [16]. Cap ital cost of calciner is similarly estimated using a CFB gasifier as the 
basis [17]. For other equipment, existing cost models in  the IECM are used [12]. A ll costs are expressed in constant 
2012 US dollars. 
4.2. Indirect capital costs 
Indirect capital costs are calculated as percentages of direct capital costs  [12]. They include general facilities 
capital (10%), engineering and home office fees (7%), p roject contingency (22%), p rocess contingency (21%) and 
royalty fees (5%). The pro ject and process contingency cost factors used are in accordance with  standard guidelines 
for cost estimation of new technologies  [18] and reflect first-of-a-kind commercial cost estimates . Direct and 
indirect capital costs, together with pre-production costs, constitute the total capital cost of the CO2 capture process.  
4.3. O&M costs 
Annual costs of fuel, make-up limestone, waste disposal and labor costs are some of the O&M costs considered 
for calcu lation of cost of electricity. CO2 transport and storage costs are also treated as O&M costs. 
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4.4. Levelized cost of electricity (LCOE) 
Capital and O&M costs are used to calculate the levelized cost of electricity ($/MWh) using standard equations 
[18]. A cap ital recovery factor o f 0.13 (corresponding to a discount rate of 20% and plant life of 30 years) is used to 
annualize the capital costs in constant dollars. The h igher discount rate assumed here is in accordance with the 
current status of this technology. 
5. Case study results 
The performance and cost models described in the previous section are applied to a case study. A pulverized  coal 
power plant with a gross power output of 650 MWe, burning Appalachian medium sulfur bituminous coal (higher 
heating value 30,840 kJ/kg) and meet ing all current new source performance standards (NSPS) for pollution  control 
is used as the base plant configuration. A CaL-based CO2 capture process, designed to capture 90% of CO2 from the 
flue gas, is applied to the base plant. Some of the main input assumptions are shown in Table 1. Performance and 
cost results are shown in Table 2.  
5.1. Performance results  
To achieve 90% CO2 capture efficiency in this configuration, a total solids flow rate of 2,670 tonnes/hr is 
required in the circulat ing loop between carbonator and calciner. In order to supply calciner heat, 170 tonnes/hr of 
coal is needed for oxy-combustion. Compared to the coal flow rate of 182 tonnes/hr for the base plant, this is more 
than a 90% increase because of the CO2 capture process. Consequently, the flow rate of the CO2 product stream is 
more than 1,000 tonnes/hr (93% CO2 purity). In order to increase the CO2 purity to pipeline specifications (~99%), a 
CO2 purificat ion unit would be required  (not shown in  Fig 1). The solid  waste stream from the CaL process is more 
than 200 tonnes/hr. 
Table 2. Performance and cost results for the plant with CaL-based CCS. Cost numbers are expressed in constant 2012 US dollars and represent 
first-of-a-kind plant cost . 
Parameter Value 
Gross power output (MW) 1,275 
Net plant output (MW) 1060 
Net plant efficiency (%HHV) 36 
Coal flow rate for base plant (tonnes/hr) 183 
Coal flow rate for calciner (tonnes/hr) 162 
CaL solid waste (tonnes/hr) 120 
CO2 captured (tonnes/hr) 1,030 
Plant capital cost ($/kW-net) 5,375 
Levelized cost of electricity ($/MWh) 140 
Cost of CO2 avoidance ($/tonne) 
(Reference CO2 flow rate of 0.82kg/kWh and 
LCOE of $59/MWh, same as for base plant; 
Includes cost of transport and storage) 
105 
 
Because of the additional steam generated by heat recovery from the CaL process, the gross power output from 
the plant increases to 1,275 MW, out of which the CO2 capture process uses about 175 MW. The resulting net power 
output is 1060 MW. The resulting net plant efficiency is 36% (HHV basis), compared to 39% for the base plant 
without CCS. This is a  significant technical advantage of the CaL process, since other CO2 capture processes lead to 
a much higher decrease in  the net plant efficiency. Comparatively , an MEA-based CO2-capture process for the same 
base plant decreases the net plant efficiency to 28% because of the high steam load required for regeneration.  
 Hari C. Mantripragada and Edward S. Rubin /  Energy Procedia  63 ( 2014 )  2199 – 2206 2205
5.2. Cost results 
The total capital cost of the power plant with  CaL-based CO2 capture is $5,375/kW-net, more than a two-fo ld 
increase compared to the capital cost of the base plant ($1,980/kW) without CO2 capture. The CO2 capture unit 
accounts for close to 75% of this cost. The carbonator, calciner and ASU constitute up to 50% of the direct capital 
cost of the CO2 capture process. Because of the large amount of solids (make-up and waste) in the CaL process, 
solids handling equipment constitutes about 6% of the process capital cost. The CO2 purification unit also 
contributes 10% of the process capital cost. Because of these factors, the CaL process is highly capital intensive.  
The LCOE for the case study plant is  $140/MWh, compared to $59/MWh for the base plant. Despite its smaller 
energy penalty, using a CaL-based CO2 capture process leads to significant increases in plant capital cost and 
LCOE.   
For a power plant using an MEA-based CO2 capture process producing 1060 MW of net power, the capital cost 
of the plant is around $3,050/kW-net, with  a LCOE of $95/MWh. Unlike in  the CaL-based case, only about 30% of 
the plant capital cost is attributed to the MEA-based CO2 capture process.  
6. Discussion and Conclusion 
Results of the techno-economic model described above indicate that the addition of a CaL-based CO2 capture 
process significantly increases, the capital cost and LCOE of the plant, despite a relat ively s mall energy penalty.. 
Based on the assumptions in this case study, the CaL-based CO2 capture process is also much more costly than a 
conventional MEA-based CO2 capture process. Supplying the calciner heat requires a significant quantity of oxy-
combusted coal in the calciner. This not only requires the addition of an  oxy-combustion unit as big as the base plant 
boiler, but also roughly doubles the amount of CO2 that needs to be compressed and stored. The quantity of solids 
waste from this process is also greatly increased.  
One reason for the high capital cost is the assumption of a high process contingency cost factor appropriate for 
the current state of technology development. If the technology configuration assumed here were mature at a  
commercial scale, the process contingency would be much s maller (around 5%), which would b ring the cap ital cost 
and LCOE close to the MEA process . A mature process would also reduce financing risks, with a lower cost of 
capital than a first-of-a-kind project. Another way to improve the economic feasibility of the CaL process is by 
selling the waste sorbent for use in cement industry. However, since the CaL process is capital-intensive, the effect 
of by-product credit on LCOE would be minimal. Thus, significant process improvements (e.g., heat integration, 
indirect heat supply to the calciner, using natural gas instead of coal in the calciner, etc.) are needed to drive down 
the capital cost of the CaL process if this technology is to be a feasible alternative to MEA or other new CO2 capture 
technologies. 
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